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It has been widely recognized that the mixing process has significant impacts on the performance of low-
density polyethylene (LDPE) reactors due to the rapid radical polymerization occurred in the reactors, but
how the macro- and micro-mixing affect the reactor performance was still controversial in publications.
In this work, a cold-flow LDPE autoclave with multi-feedings was scaled down (1/2) from an industrial
reactor and built to systematically investigate the macro- and micro-mixing characteristics of fluid by
experiments. Furthermore, the effects of macro- and micro-mixing on the polymerization were
comprehensively analyzed. The results showed that according to the delay time tq and macro-mixing
times ty calculated from residence time distribution (RTD) curves, the macro-mixing states are signifi-
cantly different at various axial positions (h/H), especially at lower agitation Reynolds number Re. But
with the increase of Re, since the circulation flow in the reactor is strengthened, the tq for each feed
gradually decreases to 0, and the ty at different axial positions tend to be identical. For micro-mixing, the
qualities of micro-mixing at different axial positions are similar, and the average micro-mixing time ;, in
the reactor decreases exponentially with the increase of Re. Moreover, a fitting model was established.
Through the comparison of the characteristic times of macro-mixing (tg, ty), micro-mixing (tm,) and
elementary reactions within the industrial range of Re, it can be concluded that the properties of LDPE
products are dominated by the macro-mixing behavior, and the consumption of initiators is affected by
both the macro- and micro-mixing behaviors. This conclusion is of great significance for the design,
optimization and operation of LDPE reactors.
© 2025 The Chemical Industry and Engineering Society of China, and Chemical Industry Press Co., Ltd. All
rights are reserved, including those for text and data mining, Al training, and similar technologies.

1. Introduction

Low-density polyethylene (LDPE) is

It has been widely accepted in the related research field that the
performance of LDPE reactors is significantly affected by the mixing

a thermoplastic resin, characteristics of fluid [5—8], thus the LDPE products synthesized in

widely used in film, molding materials, coating materials, plate
materials, electrical insulating materials, etc. [1]. The reactors to
produce LDPE are commonly operated at high temperature
(150—280 °C) and high pressure (130—250 MPa) via a series of fast
free-radical reactions, including the elementary reactions of initi-
ator decomposition, chain initiation, chain propagation, chain
transfer to monomer, chain transfer to polymer, chain transfer to
solvent, chain termination by disproportionation and chain termi-
nation by combination [2—4].
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autoclave reactors and tubular reactors have significant differences
in molecular structures. In general, the LDPE produced in the
autoclave reactor has more long chain branched structures and
wider molecular weight distribution, due to the much more com-
plex mixing behaviors in the LDPE autoclave reactor [9]. Therefore,
the research on the mixing characteristics of fluid in LDPE autoclave
reactors is of great importance in regulating the product properties.

The fluid mixing in autoclave reactors goes through the pro-
cesses of macro-mixing and micro-mixing. The macro-mixing is the
mixing process on the reactor scale through turbulent diffusion and
convection, and the micro-mixing is the mixing process on the
molecular scale through molecular diffusion and viscous defor-
mation [10,11]. For studying the effects of the mixing characteristics
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of fluid on the performance of LDPE autoclave reactors, the pre-
requisite is to determine which scale of mixing dominates the
polymerization, but this issue is still unresolved in the literatures.

Numerous researchers have investigated effects of the macro-
mixing characteristics of fluid on the performance of LDPE auto-
clave reactors. Marini and Georgakis [5] and Ochs et al. [6] used a
three-zone model to characterize the non-ideal macro-mixing in an
LDPE autoclave reactor, and predicted the dependence of initiator
consumption on the operating temperature by the proposed
reactor model. Zhang and Ray [7] researched the effects of imper-
fect macro-mixing on the properties of LDPE product by using a
three-zone compartmental model, and found that the imperfect
macro-mixing can broaden the molecular weight distribution
(MWD) of LDPE. Based on the same three-zone model, Villa et al. 8]
studied the effects of imperfect macro-mixing on the stability of
LDPE reactors, and found that macro-mixing is important to the
stability of LDPE reactors from time-scale comparisons of initiator
half-lives and feed plume mixing times. Pladis and Kiparissides [2],
and Yaghini and ledema [3] proposed tank-in-series models to
calculate the molecular weight and long chain branching distri-
bution of the LDPE produced in autoclave reactors, and analyzed
the effects of back-mixing on the MWD of LDPE products by varying
the model parameters. Based on the aforementioned literature, the
reactor stability and product properties have been predicted only
considering the effects of macro-mixing [2,3,5—8]. Namely, it seems
that the performance of LDPE autoclave reactors is controlled by
the macro-mixing characteristics of fluid, and effects of the micro-
mixing characteristics of fluid can be ignored.

However, some other researchers raised different opinions, and
they believed that the effects of micro-mixing on the high-pressure
polymerization of ethylene in LDPE autoclave reactors cannot be
neglected. Smit [12] explained the minimum consumption of ini-
tiators based on a simplified micro-mixing model, and reproduced
the lowest value of initiator consumption in a LDPE autoclave
reactor. Tosun [13] researched the effects of micro-mixing on the
number- and weight-averaged polymerization degree of LDPE in a
semi-batch stirred tank by varying the dimensionless time con-
stants fx, in which fx was estimated based on correlations of
Pohorecki and Baldyga [14,15], and concluded that the weight-
averaged polymerization degree is significantly affected by the
micro-mixing characteristics of fluid in reactors, while the number-
averaged polymerization degree is almost unaffected. Pladis and
Kiparissides [16] proposed a dynamic segregation-back mixing
model, and studied the effect of micro-mixing conditions on the
initiator consumption in the LDPE autoclaves by varying the char-
acteristic time of micro-mixing ty, in which t,, was obtained from
computational fluid dynamics (CFD) simulations and Corrsin's
equations, and found that the micro-mixing characteristics of fluid
in reactors can significantly affect the initiator consumption. As
shown in these works, it was found that the micro-mixing char-
acteristics of fluid in autoclave reactors may affect the consumption
of initiators, and the molecular structure of LDPE products appar-
ently. In other words, effects of the micro-mixing characteristics of
fluid on the performance of LDPE autoclave reactors cannot be
neglected [12,13,16].

In short, the contradiction still exists in publications, and one of
the most significant is whether the micro mixing will affect the
LDPE products. The contradiction may be caused by the following
reasons. On one hand, most of them were conducted by the method
of modelling, and the conditions of macro- and micro-mixing used
in the models were arbitrarily given or obtained from CFD simu-
lations and correlations [2,3,13,16], which means the results may be
inaccurate for real LDPE autoclaves. On the other hand, the high-
pressure polymerization of ethylene consists of a series of
elementary reactions, but the researchers only focused on the

effects of mixing on single or several elementary reactions [12,16],
which led to the lack of a comprehensive understanding of the
effects of macro- and micro-mixing on the high-pressure poly-
merization of ethylene in LDPE autoclaves.

In order to clarify which scale of mixing dominates the polymer-
ization in the real LDPE autoclave reactor, a cold-flow LDPE autoclave
was built to determine the macro-mixing and micro-mixing charac-
teristics of fluid for a wide range of Reynolds number (Re) which
covers the Re used in industry. Moreover, a sufficiently verified CFD
simulation was conducted to explain the complex macro-mixing in
this reactor. Finally, by comparing the characteristic times of
macro-mixing, micro-mixing and various elementary reactions, the
effects of macro-mixing and micro-mixing on the elementary re-
actions were revealed comprehensively, which is of great importance
for the design, optimization and operation of LDPE autoclave reactors.

2. Experimental Apparatus and Methods
2.1. Macro-mixing experiment

The macro-mixing performance of a reactor refers to the macro-
mixing characteristics of fluid in the reactor. Fig. 1 is a schematic
diagram of the experimental apparatus to determine the macro-
mixing characteristics of fluid in the LDPE autoclave reactor. The
key part of the experimental apparatus, the stirred tank, is scaled
down from an industrial autoclave reactor, which consists of a
plexiglass tank with an inner diameter of 0.21 m and a height of
2.05 m, a ball bearing, a rolling bearing and a conical hopper with a
top angle of 60°. Besides, it should be mentioned that compared
with novel mixers, such as T-shaped and X-shaped micromixers
[17,18], the autoclave reactor studied in this work has a complicated
agitator with 32 impellers, which is driven by a motor. This feature
contributes to the formation of specific flow fields and restricted
end-end mixing in the LDPE autoclave reactor [19], which is
conducive to produce the LDPE products with specific molecular
structures, but increases the costs of the construction and operation
of the reactor. Under the confidentiality requirement, details of the
agitator cannot be given. In addition, compared with T-shaped and
X-shaped micromixers, there is no surface with large curvatures on
the wall of the autoclave reactor, which leads to that the reactor is
not easily broken due to stress concentration under a high pressure.

The experimental apparatus also includes a storage tank, a cen-
trifugal pump (IHG50-160, Shanghai Sunshine Pump, China), vortex
flowmeters, tracer pulse injection systems, and a conductivity
testing system. Each tracer pulse injection system consists of a U-
shaped elbow pipe, a three-port valve and a ball valve. The tracer
stored in U-shaped elbow pipes was injected into the pipelines by
adjusting three-port valves and ball valves in the systems. Corre-
sponding to the four inlets of the reactor (in0/in1/in2/in3, as shown
in Fig. 1), there are also four tracer pulse injection systems installed
along the axial direction of the reactor. The conductivity testing
system mainly consists of the conductivity probes, the conductivity
meter (DJS-1D, INESA, China, 1 pS-cm~') and a computer. During the
test, the conductivity probes were inserted into the reactor at
different detection points p1/p2/p3/p4/p5/p6, and the insertion
depth of the conductivity probes was 5 mm. The axial heights h/H of
feeding points in0/in1/in2/in3 and conductivity detection points p1/
p2/p3/p4/p5/p6 are shown in Table 1, which are consistent with the
industrial LDPE autoclaves. The sampling frequency of the conduc-
tivity meter is 1 Hz, and the sampling time is set to 240 s.

The macro-mixing experiments were conducted under the
pressure of 0.1 MPa, the temperature of 298 K. It should be noted
here that the pressure and temperature of the experiments are quite
different from those of real industrial LDPE reactors, and effects of
these two parameters on the mixing characteristics of fluid are
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Fig. 1. Schematic diagram of experimental apparatus for the determination of macro-mixing characteristics of fluid in the LDPE autoclave reactor: (1) storage tank, (2) centrifugal
pump, (3)—(6) tracer pulse injection systems, (7) motor, (8) stirred tank, (9) conductivity meter, (10) computer.

mainly reflected in the changes of the transport properties (i.e.,
density, viscosity). During the experiments, the macro-mixing
characteristics of fluid were determined by detecting the liquid
conductivity response «(t) at different locations in the stirred tank
after the electrolyte solution tracer was injected by pulse. Water
(p =998 kg-m 3, u = 103 kg-m~!-s71) was taken as the experi-
mental fluid, and the NaCl solution with NaCl concentration of
8.78 g-L ! was selected as the tracer. The correlation between the
liquid conductivity k and the concentration of NaCl c is shown in
Fig. 2. According to the published experimental investigations on
agitated reactors, effects of the transport properties (i.e., density,
viscosity) on the macro-mixing characteristics of fluid are mainly
dominated by the agitation Reynolds number Re [20—22]. Therefore,
although the properties of water differ from those of reactants in the
real LDPE reactor, the Re range (1.20 x 10°—6.00 x 10°) investigated
in this work has been designed to cover the Re
(145 x 10°—2.68 x 10°) in the real industry to provide a good sup-
port for industrial practice.

The macro-mixing measurement experiments were carried out
through the following steps. Firstly, the tracer was added into the U-
shaped elbow pipes, and the centrifugal pump was started until the
stirred tank was filled with fluid. Secondly, the agitator rotation

speed was slowly increased to 1000 r-min~' and kept for 3 min, then
the rotation speed was gradually reduced to O r-min~! and kept
static for 2 min to vent. The operation was repeated 2—3 times until
there was no obvious bubble observed in the stirred tank. Thirdly,
the agitator rotation speed was adjusted to the setting values
(200—1000 r-min~!), and then the inlets and outlet of the stirred
tank were opened and the flowrates of all feeds were adjusted to the
setting values. It should be mentioned here that the volumetric
flowrates at different feeding points are designed to ensure that the
proportion of each feed to total feed and the mean residence time are
consistent with those of the industrial LDPE reactor, as shown in
Table 2. Finally, the three-port valves and ball valves in the pulse
injection systems were adjusted to ensure that the tracer stored in U-
shaped elbow pipes was injected into the feeds, and the conductivity
data at various detection points was sampled.

The macro-mixing characteristics of fluid in reactors can be
characterized by the residence time distribution (RTD), the macro-
mixing time ty and the mixing degree 0, etc [23—25]. In this work,
the characteristic times of macro-mixing were investigated by the
macro-mixing experiments, which were further compared with the
characteristic time of elementary reactions to analyze the effects of
fluid macro-mixing on the performance of the LDPE autoclave
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Table 1
Locations of feeding points and conductivity detection points on the stirred tank.
Feeding points h/H® Conductivity detection points h/H®
in0 1.000 pl 0.920
inl 0.920 p2 0.740
in2 0.550 p3 0.550
in3 0.260 p4 0.420
p5 0.260
p6 0.093

@ h represents the height from the bottom of the plexiglass tank to these points,
and H represents the height from the bottom of plexiglass tank to the height point
in0.
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Fig. 2. Correlation between the conductivity and the concentration of NaCl in the
solution.

Table 2
Volume flow rates of feeds.

Feeds Feeding points Volumetric flow rate Q,;/m>-h~!
inlet0 in0 0.854
inlet1 inl 1.720
inlet2 in2 1.720
inlet3 in3 1.720

reactor (see Section 4.3). The key is to select appropriate parame-
ters as the characteristic times of fluid macro-mixing in the LDPE
autoclave reactor.

In the Refs. [20,23], the ty; was generally selected as the charac-
teristic time of fluid macro-mixing, which was defined as the time
from the tracer releasing until the tracer concentration response c(t)
enters the 95% to 105% interval of the equilibrium concentration and
then never escape the bounds. Here, it should be noted that this
definition of ty is only for batch-operated reactors, where the
equilibrium concentration of tracer is constant. But for the LDPE
autoclave reactor which is operated continuously, the aforemen-
tioned definition of ty; is not applicable due to the equilibrium
concentration of tracer varying with the operating conditions and
detection positions. To solve the problem, a new definition of ty; was
proposed in this work, with reference to the aforementioned defi-
nition of ty. In this new definition, the ty at a certain position is the
time from the tracer being step-injected until the tracer concentra-
tion reaches 95% of the equilibrium concentration at that position.
Besides, based on the tracer concentration response at a certain
position, it could also be found that the time from the tracer being

step-injected until the tracer reaches that position cannot be
neglected, which was named as the delay time tg. To sum up, the t4
and the ty; with new definition were selected as the characteristic
times of fluid macro-mixing in the LDPE autoclave reactor.

Since the LDPE autoclave reactor has a large height—diameter
ratio (H/D = 10), the tq and ty; may be different at different axial
positions. Thus, as introduced in the above section, the tracer
concentration response curve c(t) ~ t was measured in different
positions by pulse method, and in order to acquire the tq and ty;, the
pulse c(t) ~ t curve was converted to F(t) ~ t curve by Eq. (1). Ac-
cording to the F(t) curve, the tq at a specific detection position is the
time required from tracer injection to F(t) starting to rise, and the ty;
at a specific detection position is the time taken for F(t) to reach
0.95 since the tracer was injected, as shown in Fig. 3.

t

F(t)y=">c(k) f: c(k) (1)
k=0

k=0

2.2. Micro-mixing experiment

The micro-mixing performance of a reactor refers to the micro-
mixing characteristics of fluid in the reactor. Fig. 4 is a schematic
diagram of the experimental apparatus to determine the micro-
mixing characteristics of fluid in the LDPE autoclave reactor. The
stirred tank applied here shares the same structure as that in the
macro-mixing experiment, and the axial heights h/H of acid injec-
tion points al/a2/a3/a4, sampling points b1/b2/b3/b4/b5 are shown
in Table 3. All of the acid injection pipe is flush with the inner wall
of the reactor, which is consistent with the industrial LDPE reactor.
Besides, the experimental apparatus includes a base solution stor-
age tank (volume: 1 m>), an acid storage tank (volume: 1 L), a
centrifugal pump (IHG50-160, Shanghai Sunshine Pump, China), a
peristaltic pump (BT100 N, Innofluid, China), and an ultraviolet
spectrophotometer (UV-2102PC, UNICO, USA). Here, it is worthy to
mention that the feeding points and detection points in micro-
mixing experiments differ from those in the macro-mixing exper-
iments. It is because the macro-mixing in a reactor is dominated by
the circulation flow of fluid and turbulent diffusion, which is
significantly affected by the feed conditions [26—28]. But the
micro-mixing characteristics of fluid are mainly affected by trans-
port properties (i.e., density, viscosity) and turbulence dissipation

1.0 i
095f """ TTTTTTTTTTT S H
0.8F -
0.6F E
=04} E
Tracer :
0.2F injection i
0.0 " —i 1, :
— > Iy
0 50 100 150 200 250

t/s

Fig. 3. The determination of delay time ty and macro-mixing time ty.
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Fig. 4. Schematic diagram of experimental apparatus for the determination of the micro-mixing characteristics of fluid in the LDPE autoclave reactor: (1) base solution storage tank,
(2) centrifugal pump, (3) acid storage tank, (4) peristaltic pump, (5) motor, (6) the stirred tank, (7) ultraviolet spectrophotometer.

Table 3

Locations of acid injection points and sampling points.
Acid injection points h/H Sampling points h/H
al 0.775 b1 0.750
a2 0.528 b2 0.555
a3 0.360 b3 0415
a4 0.195 b4 0.250

b5 0.085

rate of fluid [16,29,30], in which the turbulence dissipation rate of
fluid is mainly affected by the intensity of agitation in the reactor,
but little influenced by the feed conditions. In this work, the acid
injection points and sampling points are almost uniformly arranged
along the axial height of the reactor, as shown in Table 3, which
aims to investigate the effects of the positions of these points on the
results of micro-mixing experiments.

The micro-mixing experiments were also conducted under the
pressure of 0.1 MPa, the temperature of 298 K. In the experiments,

aqueous solutions with various mass fractions of glycerol were
used, and the glycerol was used to regulate the viscosity and den-
sity and check if the Re can characterize the comprehensive effects
of fluid transport properties (i.e., density, viscosity) on the micro-
mixing characteristics. The densities of aqueous solutions are
1000, 1051, 1085, 1098, 1114 kg-m >, and the corresponding vis-
cosities are 1.00 x 1073, 1.75 x 1073, 2.93 x 1073, 3.79 x 1073,
504 x 103 kg-m 1571,

The measurement of the micro-mixing characteristics of fluid
was based on the method of molecular probe-ultraviolet spectro-
photometry. Although this method also depends on injecting a
tracer into the reactor, but compared to the macro-mixing experi-
ment (no reactions happen after injection), reactions are necessary.
In previous works, some standard reaction systems have been
proposed and widely used to determine the micro-mixing behavior
in various kinds of reactors [31,32]. The Villermaux—Dushman re-
action system is one of those standard reaction systems, which was
selected in this work. Besides, it should be noted that micro-mixing
in the reactor is just a physical process, which is independent of the
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reaction kinetics, and the selected reaction system is just used as a
tool to determine the micro-mixing characteristics of fluid in the
reactor.

The Villermaux—Dushman reaction system consists of several
reactions, as shown in Egs. (2)—(4), where the rate of reaction (a) is
much larger than that of reaction (b) [33,34]. The concentration of
I3 in the product depended on the micro-mixing characteristics of
fluid in the reactor, which could be determined by the ultraviolet
spectrophotometer.

Reaction (a) : H,BO3 + H' “3H;BO; )

Reaction (b) : 51" + 105 + 6H* 331, + 3H,0 3)
l

Reaction (c) : I, + " =I5 (4)

It should be pointed out that micro-mixing in the reactor is a
physical process, which is independent of the concentrations of
reactants in the acid-base solutions. In this work, the concentra-
tions of reactants were designed to be consistent with those in
Rousseaux's experiments [35], which was for the convenience of
the calculation of micro-mixing time ty,. Thus, the dilute sulfuric
acid with the concentration of c(H")y = 1 mol-L~! was selected as
the experimental acid, and the concentrations of H3BO3, NaOH, KI,
KIO3 in the base solution are shown in Table 4.

The micro-mixing experiments were carried out through the
following steps. Firstly, the centrifugal pump was started, until the
stirred tank was filled with the base solution. Secondly, the motor
was started, and the variable-frequency driver was regulated to
increase the agitator rotation speed to 700 r-min~ ! slowly, and kept
a constant stirring for 3 min. Then the rotation speed was gradually
reduced to 0 r-min~', and kept static for 2 min to vent. The oper-
ation was repeated 2—3 times until there was no obvious bubble
observed in the stirred tank. Thirdly, the agitator rotation speed
was adjusted to the setting values, then the peristaltic pump was
started after 1 min, and the acid solution of 150 ml was slowly
injected into the stirred tank. Here, it should be noted that the
micro-mixing experiments aim to determine the quality of micro-
mixing, which is independent of macro-mixing behavior in the
reactor. However, the experimental results could be affected by the
macro-mixing characteristics of fluid in the reactor when the
flowrate of acid solution is too large, thus a proper flowrate of acid
solution should be selected for the experiments. To solve the
problem, several flowrates of the acid solution have been tried, and
it was found that the experimental results were unaffected by the
flowrate when its value is not greater than 3.57 ml-min . Thereby,
the flowrate of acid solution was set to 3.57 ml-min~. Finally,
the fluid at points b1/b2/b3/b4/b5 was sampled, and the concen-
tration of I3 in each sample was determined by the ultraviolet
spectrophotometer.

Generally, the micro-mixing characteristics of fluid in reactors
are characterized by the segregation index Xs and the micro-mixing
time ty, [36]. The definition of X is shown in Eq. (5), where Y rep-
resents the ratio of the amount of H" consumed by reaction (b) to

Table 4
Concentrations of components in the base solution.

Component Molar concentration/mol-L~!
H3BOs 0.1820
NaOH 0.0909
KI 0.0117
KIO3 0.0023

the amount of H' injected into the reactor, and Yts represents the
value of Y in the case of complete segregation [33]. The values of Y
and Yts could be calculated by Egs. (6)—(9), where V; and Vipjection
represent the volumes of the reactor and the injected acid solution,
respectively. c(IO3),, c(H,BO3 ), represent the concentrations of
103, H,BO3 in the base solution, respectively. c(I7), c(Iy), c(I3)
represent the concentrations of I™, I, I3 in the samples, respec-
tively. K3 represents the equilibrium constant of reaction (c), and
the value of K3 equals to 700 at 298 K [37].

stf (5)

2 [n(Iy) +n(13)] _ 2V [c(Iz) +c(13)]

ST, Vieation-cH g (©)
Y15 = 6c(10§)60C SOCE(I)-IOZBOE)O 7)
clly) + €(15) =3 [c)g—c()—c(1)] (®)
Ks _ c(iz)-c (9)

c(ly)-c(l7)

Compared with the segregation index Xs, the micro-mixing time
tm can characterize the quality of micro-mixing more intuitively,
which was selected as the characteristic time of fluid micro-mixing
in the LDPE autoclave reactor. However, the value of t;; could not be
measured by experiments directly, and some models were pro-
posed to calculate ty,, such as diffusion model, engulfment model,
incorporation model, IEM model, etc. [38—40]. In this work, the
incorporation model proposed by Villermaux [40] was used to
calculate the micro-mixing volume ratio «, and the formula pro-
posed by Rousseaux et al. [35] were chosen to calculate tp, as
shown in Egs. (10) and (11).

1_X5

a=— (10)

0.73072%6 2<a<5
tm=< 0820230 5<a<7 (11)
01507 1% 7<a<20

3. Simulation Method and Verification
3.1. Governing equations

The flow of fluid is governed by the continuity equation and
momentum equations. According to the published literature [41],
for the ethylene-LDPE mixtures with lower LDPE mass fraction
(wrppe<22.5%), the correlation between the shear stress and the
shear rate is almost linear within a wide range of shear rate
(0—1200 s~ 1), thus the fluid in the LDPE autoclave reactor can be
assumed as a Newtonian fluid during the CFD simulations. Besides,
the temperature rise due to viscous dissipation is assumed to be
negligible. Therefore, the flow of fluid in the reactor can be
described by the simplified continuity equation and momentum
equations [42,43], as shown in Egs. (12) and (13), where u; is the
component of velocity in dimension i, x; is the component of co-
ordinate in dimension i, p is the pressure, p is the density, and v is
the kinematic viscosity. In this work, water at 298 K was selected as
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simulated fluid, and the values of p, v are 998 kg-m~> and
10~% m?-s~! respectively.
Continuity equation:
au,-
10 12
%, (12)
Momentum equation:

ou; d(uy)  1dp Py
et . 1
ot e pox o (13)

In the mixing process, the mass fraction of tracer is governed by
Eqs. (14)—(16), where Y, is the mass fraction of species m, Jm,; is the
diffusion flux of species m in dimension i, and Sy, is the source term
of species m due to chemical reactions, Dp; is the molecular
diffusivity of m in dimension i, Sc; is the turbulent Schmidt number,
ut is the turbulent viscosity, D¢ is the turbulent diffusivity [26].

9 ] 9
&(me)_Fa_X,'(p.ui.Ym):_a_xijm’i+Sm (14)
Joi=—( pDi i + 22 ) WY (15)
m,i m,i SCt

Sce =1t (16)

pD¢

In the case of turbulent flow, the method of Reynolds-averaged
was used to solve Eq. (13), based on the average velocities and the
fluctuating terms. Because of features cited in the literature [4], the
turbulence model of renormalization group (RNG) k—e was adopted
to approximate the Reynolds stress term in this work.

3.2. Numerical solution

In the steady simulations of flow field in the LDPE autoclave
reactor, the multiple reference frame (MRF) method was adopted to
solve Eq. (13). The velocity fields were obtained until the total
normalized residuals were not greater than 10~>. Moreover, the
velocity magnitudes at the conductivity detection points p1—p6
were set as indicators to determine the convergence. After the flow
was fully established, the sliding mesh method was selected to
simulate the movement and distribution of the tracer in the reactor.
Due to the evolution of tracer concentrations being transient, it
requires time-dependent calculations, and the time step was set to
1.0 x 10~% s. During each time step, the calculations were
completed until the residual of tracer mass fraction was not greater
than 1075,

Based on the finite-volume method, the simulations of the
LDPE autoclave reactor were conducted by using the CFD package
of Fluent 19.0 (Ansys Inc.). The molecular diffusivity D, was set
to the value of 2.88 x 1072 m?-s~!. The pressure—velocity
coupling scheme was set to SIMPLE. The discretization scheme
of turbulent kinetic energy, turbulent dissipation rate was set to
first order upwind, and that of other terms (pressure, mo-
mentum, etc.) was set to second order upwind. The geometry of
the computational fluid region is identical to that mentioned in
the macro-mixing experiment, where the agitator regions (h/
H > 0.52, h/H < 0.51) were defined as rotating zones, and the
middle bearing regions (0.51 < h/H < 0.52) were defined as
stationary zones. Besides, in order to obtain the mesh-
independent solutions, different mesh sizes were tested (shown
in Fig. 5), and the mesh with the grid number of 5.57 x 10° was
adopted in the simulations eventually.

9.0

.
o

Velocity magnitude/m-s™

—#= [ndicator pl
=o- Indicator p2
=A= [ndicator p3
=v= Indicator p4
== Indicator p5
== Indicator p6

=
=

4.0x10° 6.0x10° 8.0x10°
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Fig. 5. Grid independence test.
3.3. Simulation verification

The CFD simulations were conducted at the agitator rotation
speeds of 200, 400, 600, 800 and 1000 r-min .. Before the further
analysis of simulation results, it is necessary to verify the accuracy,
thus the velocity experiment was carried out, and water (298 K)
was taken as the experimental medium. The axial velocities u,,
radial velocities u;, and tangential velocities u; at various positions
were measured by Pitot tubes and a differential-pressure trans-
mitter in the cold-flow experimental apparatus (shown in Fig. 1).
The locations of detection points are shown in Table 5. Volumetric
flow rates of all the feeds are given in Table 2.

At the agitator rotation speed of 1000 r-min~', the simulated
result of velocity field is given in Fig. 6, and the comparison of
experimental and simulated values of velocity components at
different detection points is shown in Fig. 7. Due to the circulation
flow caused by the turbine impellers, it can be observed that the
direction of u, at the positions near the shaft (r/R = 0.38) is upward,
and that at the positions near the wall (r/R = 0.91) is downward. The
farther away from the turbine impeller, the weaker the circulation
flow, thus the u, at the positions (h/H = 0.42, 0.92) near the turbine
impellers are greater than that at the positions farther away. Since
the turbine impellers are radial flow agitators, the radial flow nearby
is stronger than that at other positions. The values of u; at the po-
sitions near the turbine impellers (h/H = 0.42, 0.92) are obviously
greater than those at other positions. Besides, the direction of radial
flow is away from the shaft, and the values of u; at the positions near
the shaft (r/R = 0.38) are greater than those at the positions near the
wall (r/R = 0.91). Moreover, the impellers in the reactor have almost
the same diameter, thus the values of tangential velocities u; at
different axial heights are similar. Besides, the direction of tangential
flow is identical to that of agitator rotation, and the values of u; at
the positions near the shaft (/R = 0.38) are obviously less than those
at the positions near the wall (r/R = 0.91).

Table 5

Locations of velocity detection points.
Detection points h/H r/R®
vl, vil 0.920 0.380, 0.910
v2,v21 0.740 0.380, 0.910
v3,v31 0.550 0.380, 0.910
v4, v41 0.420 0.380, 0.910
v5, v51 0.260 0.380, 0.910
V6, v61 0.093 0.380, 0.910

@ rrepresents the distance from the centerline of the agitator shaft to these points,
and R represents the inner radius of the plexiglass tank.
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Fig. 6. The simulated results of velocity field in the stirred tank (N = 1000 r-min~",
p=998 kgm 3 u=10"kg-m s

Meanwhile, it can be found that the experimental and simulated
velocities at various detection points are in good agreement, and
the relative deviations of both values are less than 12.5%, as shown
in Fig. 7. Consequently, it can be concluded that the simulation
results of flow fields in the LDPE autoclave are credible.

4. Results and Discussion
4.1. Macro-mixing characteristics

The macro-mixing characteristics of fluid in a stirred tank are
closely related to its transport properties (p, u), impeller diameter
d and agitator rotation speed N. The Re was widely used to char-
acterize the comprehensive effect of all these factors on the macro-
mixing characteristics of fluid in a stirred tank, whose definition
was given in Eq. (17) [20—22].

_ 2 (N/60)p
u

Re (17)

Due to the large height—diameter ratio (H/D = 10) and the
complicated structure of the agitator, the macro-mixing state at
different positions in the LDPE autoclave may differ significantly.
Besides, multiple feeds exist along the axial direction of the LDPE
autoclave, thus the macro-mixing characteristics of different feeds
may be different. Therefore, the effects of Re on the t4, ty at
different axial positions (p1—p6) were investigated for each feed,
within a wide range of Re = 1.20 x 10°—6.00 x 10°.

Under different agitation Re, five macro-mixing experiments
were conducted. Fig. 8 gives the delay time tq for each feed at
different axial positions. As shown in Fig. 8, the tq at the positions
near the feeding point is less than that at the positions farther away
from the feeding point for each feed. This is mainly due to that the
feeds mingle with the surrounding fluid constantly along the flow
path, and it takes more time for them to reach the farther positions.
Meanwhile, as Re increases, the tq at different axial positions de-
creases, and the difference among tq at the various positions also
decreases. This indicates the macro-mixing is enhanced by
increasing the Re, which may be caused by the variation in the
degree of circulation flow.

In order to further reveal how the macro-mixing is enhanced as
Re increases, one transient-state simulation and five steady-state
simulations were performed. Fig. 9 gives the concentration distri-
bution of tracer inside the reactor at different moments when the
tracer was injected from inlet2 and inlet3 (Re = 3.60 x 10°). It can
be clearly observed that the tracer undergoes a circulation flow in
the reactor. Namely, the tracer injected at the middle part of the
reactor will first flow to the upper part of the reactor and then go
back to the lower part, and macro-mixing occurs during this cir-
culation flow. Therefore, the key point to reveal the effect of Re on
the macro-mixing is to demonstrate the variation of circulation
flow with the increasing Re.

Based on the velocity fields obtained by the steady simulations,
the circulation flow ratio Rc was proposed to quantify the degree of
circulation flow in the LDPE autoclave reactor, whose definition is
shown in Eq. (18), where Qy,up, Qvdown represent the volumetric
flowrates of upward and downward flow through a cross-section
respectively. Fig. 10 gives the circulation flow ratio R, at different
Re. As shown in Fig. 10, when Re > 2.40 x 10° and h/H < 0.8, the
circulation flow ratio R. reaches the maximum value when h/
H = 0.45. This is mainly due to the strong suction and discharge
capabilities of the 4-blade turbine located near the position of h/
H = 0.45, and the circulation flow in the vicinity is stronger than
that in other areas. Besides, along with the increase of Re, the
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Fig. 7. The comparison of experimental and simulated values of velocity components at detection points: (a) axial velocities, (b) radial velocities, (c) tangential velocities.

circulation flow ratios R, at different h/H increase, which indicates
that the degree of circulation flow in the reactor increases as Re
increases, then the macro-mixing is enhanced accordingly. Thus,
along with the increase of Re, it takes less time for each feed to
reach different positions p1—p6, and the times required to reach
these positions tend to be identical.

Qv,up
Qv,down - QV-,UD

Fig. 11 gives the macro-mixing time ty; for each feed at different
axial positions. As shown in Fig. 11, the t); for feeds inlet0 and inlet1
are almost identical at the same axial position, which differ from
those for feeds inlet2 and inlet3. This is mainly due to the locations
of in0 and in1 are close, and both of them locate at the top of the
reactor.

For feeds inletO and inlet1, which enter at the top part of the
autoclave, Fig. 11(a) and (b) show that variations of the t; with Re in
the regions above the middle bearing (p1, p2, p3) and below that
(p4, p5) are quite different. Along with the increase of Re, the ty for
feeds inletO, inlet1 at p1, p2, p3 increases, but that at p4, p5 de-
creases. It is because that the circulation flow in the upper zone (h/
H > 0.52) of the reactor is apparently strengthened with the in-
crease of Re (See Fig. 10), which leads to the feeds inletO, inlet1
staying in the upper zone (h/H > 0.52) for longer times, and the
times required for the tracer concentrations at p1—p3 to reach the

Rc= (18)

equilibrium values increase accordingly. Besides, in the lower zone
(h/H < 0.51) of the reactor, the feeds inletO, inletl mainly flow
through the region near the wall. As Re increases, the downward
flow in the region near the wall is strengthened, which leads to the
feeds inletO, inlet1 staying in the lower zone (h/H < 0.51) for shorter
times, and the times required for the tracer concentrations at p4, p5
to reach the equilibrium values decrease accordingly.

For feeds inlet2 and inlet3, which enter at the middle part of the
autoclave, Fig. 11(c) and (d) show that the ty; at different axial po-
sitions (p1—p6) increases as Re increases, and the ty; at the posi-
tions near feeding points are apparently less than that at the
positions farther away. This is mainly due to that the feeds mingle
with the surrounding fluid constantly along the flow path, thus it
takes longer times for them to achieve the stable concentration at
the farther positions. Besides, along with the increase of Re, the
circulation flows in both the upper and lower zones are strength-
ened (see Fig. 10), which leads to the feeds inlet2, inlet3 staying in
these two zones for longer times, and the times required for the
tracer concentrations at p1—p6 to reach the equilibrium values
increase.

Furthermore, Fig. 11 also shows that under any conditions, the
tm at different axial positions always tend to be identical along
with the increase of Re. This is because the degree of non-ideal
mixing in the autoclave decreases as Re increases, and the flow
pattern of the whole autoclave approximates to ideal mixed flow
at higher Re.
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Fig. 8. The delay times t4 for each feed at different axial positions: (a) inlet0, (b) inlet1, (c) inlet2, (d) inlet3.

4.2. Micro-mixing characteristics

The quality of micro—mixing depends on the transport proper-
ties and turbulence dissipation rate of fluid [44,45]. For the LDPE
autoclave, due to the large height-diameter ratio (H/D = 10), the
variation of the micro-mixing characteristics of fluid along the axial
height should be considered. However, it should also be considered
that most of the impellers share the same structure, and are closely
arranged in the LDPE autoclave, which leads to the turbulence
conditions at different axial positions being similar. Thereby, it
could be assumed that the difference in the micro-mixing charac-
teristics at different axial positions is small. In order to further
verify the correctness of the assumption, fourteen pre-experiments
were conducted.

During the pre-experiments, the micro-mixing characteristics at
different sampling points (b1—b5) were investigated at the condi-
tions of v = 107® m?-s~! and N = 300 r-min~, after the acid so-
lution was injected at a2, a4 separately. The experimental results
showed that the X and ¢y, at different h/H are similar, as shown in
Fig. 12, and the maximum relative deviations of X, ty, at these
sampling points (b1—b5) are less than 6% and 8% respectively.
Namely, the difference in micro-mixing characteristics at different
axial positions can be neglected. For the convenience of further
research, the Xs and &y, of the reactor could be proposed, which
were defined as the arithmetic average values of X, t, at different
sampling points b1—b5.

In addition, the effects of the axial position of the acid injection
point on the Xs and &, were also investigated at the conditions of
v=10"%m?.s""and N = 300 r-min~!, during the pre-experiments.
As shown in Fig. 13, both the X; and ty, vary little after the acid
solution was injected at different points al—a4, and the maximum
relative deviations of Xs, f, are less than 3% and 5%, respectively.
Namely, the effects of the axial position of the acid injection point
on the experimental results can also be neglected.

As reported in the literature [44,45], the quality of micro-mixing
is correlated to the size of the smallest fluid vortex mass Ay, and
better homogenization on the molecular scale can be achieved as A
decreases. The definition of Ay is shown in Eq. (19), where ¢ rep-
resents the turbulence dissipation rate of fluid, and Ax decreases
with the increase of ¢ and the decrease of v. In the LDPE autoclave,
the turbulence dissipation rate ¢ is closely related to the agitator
rotation speed N, and ¢ increases with the increase of N, under the
same kinematic viscosity v.

D= (§)”4 (19)

Consequently, the X; and f, of the LDPE autoclave reactor are
significantly affected by the kinematic viscosity and agitator rota-
tion speed. In this work, thirteen micro-mixing experiments were

conducted to investigate the effects of v, N on the X5 and ty,, as
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Fig. 9. The concentration distributions of tracer in the reactor at different moments
(Re = 3.60 x 10°): (a) tracer was injected into the feed inlet2, (b) tracer was injected
into the feed inlet3.

shown in Table 6. Experimental results in the table showed that
both the Xs and the & increase as v increases, and decrease with the
increase of N. This is mainly due to the decrease of 4 is conducive to
the molecular diffusion on the microscopic scale, and the quality of
micro-mixing increases accordingly.

As shown above, the definition of Re contains both the terms of v
(v=u/p) and N. Therefore, the Re is used to unify the effects of v, N,
and the effect of Re on the micro-mixing characteristics is shown in
Fig. 14. It can be concluded that Re can characterize the compre-
hensive effects of v and N on the micro-mixing characteristics of
fluid in the LDPE autoclave, and both Xs, fm, decrease with the in-
crease of Re. The correlations between Xs, t, and Re can be given in
the form of power functions, as shown in Egs. (20) and (21), where
the unit of £y, is s.

-+ 230
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Fig. 10. The circulation flow ratio R at different Re.
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Moreover, it should be mentioned that the cold-flow reactor
differs from the industrial LDPE autoclave in size, thus if Eq. (21) can
also be used to the industrial autoclave reactors needs further
verification. Here, the CFD simulation which has been validated
above is used to acquire the fy, in an industrial reactor. Based on the
CFD simulation, the turbulence dissipation rate ¢ is acquired and
the ty, can be calculated by the Engulfment model, as shown in Eq.
(22) [16]. Under a typical condition (p = 480 kg-m,
=700 x 103 kg-m~1-s7] Re = 2.26 x 10°) used in industry, the
value of fy, calculated by Eq. (22) is 0.00498 s, and the relative
deviation between this value and the value calculated from Eq. (21)
is only 13%. Thereby, it could be concluded that Eq. (21) is also
applicable to the industrial LDPE autoclave reactor.

tm:17.3\/g (22)

4.3. Effects of macro-mixing and micro-mixing on elementary
reactions

In this section, effects of macro- and micro-mixing on the
polymerization will be comprehensively analyzed by comparing
the characteristic times of macro-mixing (tq, ty), micro-mixing (tm)
and elementary reactions within the industrial range of Re. Here,
the industrial range of Re is determined as follows. According to
the literature [46], the viscosity of ethylene-LDPE mixture (um)
in the LDPE autoclave reactor is in the range of
7 x 1073—1 x 1072 kg-m~!-s~!, within the industrial operating
conditions. The density of ethylene-LDPE mixture (py,) is in the
range of 440—570 kg-m~3. Thereby, the range of Re is
145 x 10°-2.68 x 10°.

Based on experimental results in Section 4.1, when Re is in the
range of 1.45 x 10°—2.68 x 10°, the corresponding ranges of t4, ty
are 0—17 s and 22—107 s respectively, as shown in Table 7. Besides,
the range of ty, can be obtained by Eq. (21) in Section 4.2, which is
3.50 x 1073-8.04 x 103 s

As to the characteristic times of elementary reactions under
industrial conditions (423—553 K, 130—250 MPa), they can be
calculated by the formula proposed in the literature [16]. Here, it
should be noted that numerous initiators are used in the industry to
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Fig. 11. The macro-mixing time ty; for each feed at different axial positions: (a) inlet0, (b) inlet1, (c) inlet2, (d) inlet3.

t./s t./s
0.000 0.002 0.004 0.006 0.000 0.002 0.004 0.006
@) 15 . . (b) r :
0.8F 0.8F
blm = bl = ]
0.6 \ \ 0.6 \ \
§ b2 m m S b2 = |}
< / [/ = [ |
0.4} b3 ® /- 0.4} b3l\ -\
b4 = [ u [ ]
02} I I 02} b4 / /
bS5 ® u b5 m [
0.0 Il Il 'l 'l 0.0 » Il Il Il
0.00 0.02 0.04 0.06 0.08 0.10 0.00 0.02 0.04 0.06 0.08 0.10
S Xg

Fig. 12. The micro-mixing characteristics at different sampling points (b1, b2, b3, b4, b5): (a) acid injection at a2, (b) acid injection at a4.

cover a wide reaction temperature. For simplification, just three
initiators TBPND, TBPO and TBPB are evaluated. The corresponding
operating temperature ranges of these three initiators are
423—-453, 453-503 and 503—553 K respectively, which almost
cover the whole possible operation temperatures in the industry.

The reaction kinetics of various elementary reactions used to
calculate characteristic times of elementary reactions are given in
Tables 8 and 9 [2].

In addition, [Rg] and Ao, which represent the concentration of
primary radical and the zero-order moment of radical
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Table 6 Table 7
The Xs, tm under different conditions. The overall ranges of tq and ty at different detection points.
Njr-min~'  p/kg'm™> px 10°kg'm 's7! Rex107* X tm/s Detection points Axial height tafs tmfs
300 1000 1.00 18.00 0.0872 0.00498 h/H min max min max
300 1051 1.75 10.80 0.138  0.0121 p1 0.920 0 10 60 93
o e s o S T
1 7 3 207 0.0351 p3 0.550 0 5 53 86
300 1114 5.04 3.99 0225  0.0446 pa 0.420 1 s 18 9
0 o o omer S T A
1051 175 14.5 1 : p6 0.093 2 17 37 107
400 1085 2.93 8.91 0.155  0.0166
400 1098 3.79 6.97 0.174  0.0216
400 1114 5.04 5.32 0.194  0.0292 Table 8
350 1000 1.00 21.10 0.0780 0.00418 Reaction kinetics of initiator decomposition.
500 1000 1.00 30.10 0.0657 0.00319 — - - -
600 1000 1.00 36.10 0.0602  0.00279 Initiators Equation kofs~ Eq[]-kmol™
TBPND 1.52 x 10™ 1.15 x 10®
. . ) ) TBPO 1.54 x 10" 125 x 108
concentration, are needed during the calculation. With the steady- TBPB 1% 9R 223 x 10'6 1.52 x 108
state approximation method, the values of [Rg] and 4y can be 0
obtained by Egs. (23) and (24), where [I], [M] represent the
concentrations of initiator, monomer respectively, with the unit of
kmol-m>. The initiator decomposition efficiency f was set to 0.7. Ro] 2kq-[1] (24)
kM
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The values of [M] can be estimated by Egs. (25)—(29), where pg,
pippe and p,, represent the density of ethylene, LDPE and the
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Fig. 14. The effects of Re on the micro-mixing characteristics in the stirred tank: (a) average segregation index X, (b) average micro-mixing time fp,.



80 Z. Tang et al. / Chinese Journal of Chemical Engineering 82 (2025) 67—82

Table 9
Reaction kinetics of chain initiation, chain propagation, chain transfer and chain termination.
Elementary reactions Equations ko E. AV
/kmol~!-m3.s~! /]-kmol ! /m3-kmol !
Chain initiation Ro + MSR 1.25 x 108 338 x 107 —0.020
0 — Ry
Chain propagation R+ M%R 1.25 x 108 3.38 x 107 -0.020
n 7 Rpyq
Chain transfer to monomer R, + MAD, 4R 1.25 x 10° 3.38 x 107 -0.020
n —Un 1
Chain transfer to polymer R +D. % LR 4.38 x 10° 5.49 x 107 0.0044
n m —Un m
Chain transfer to solvent R, +5%D, 4R 2.62 x 107 4.97 x 107 -0.020
n —Un 1
Chain terminated by disproportionation R, + Ry XD, 1D 1.25 x 10° 4.18 x 10° 0.013
n m—Un m
Chain terminated by combination R, 4+ R D 1.25 x 10° 4.18 x 10° 0.013
n m — Unt+m
mixture of ethylene—LDPE respectively, with the unit of kg-m™—. Ty F
represents the temperature of feeds in industry, with the unit of K. 10°F o ltim
Com represents the average heat capacity, with the unit of . lp T
kJ-kg~!-K~L q represents the reaction heat of the polymerization, 0 i ]
with the unit of k]-kg~'. Xg represents the mass fraction of ethylene QE) 10° F 0 p
in the mixture. Mg represents the molar weight of ethylene, with = 3 ty W
the unit of kg-kmol ™. f‘é 10' f .y
2 1 N
[}
pg=6811—601.2 IgP — 3283 1gT + 335.8 IgP-1gT (25) *g 10k § g Tee
5 P N
1 ic) 3 ! =
= 26 107
PLDPE =961 % 104 + 7 x 10-7T — 5.2 x 10-13P (26) ]
107
Cpm(T - TO)
Xg=1—-—"——2 (27) Fi o L ) .
q ig. 15. The characteristic times of macro-mixing, micro-mixing and elementary re-
actions in the LDPE autoclave reactor.
-1 . . .. . .
Py = (ﬁ +1 *XE) (28) quality of micro-mixing in the reactor. Consequently, it can be
m PE  PLDPE concluded that the product properties of LDPE are dominated by
the macro-mixing characteristics of fluid, and the consumption of
P -XE initiators is affected by both the macro-mixing and micro-mixing
M]= (29) characteristics in the LDPE autoclave reactor.

Consequently, the ranges of the characteristic time of elemen-
tary reactions can be determined, as shown in Table 10. Fig. 15 gives
the comparison of the characteristic times of macro-mixing, micro-
mixing and elementary reactions, within the industrial operating
conditions. It can be found that the delay time tq is less than t;j, t;m,
trtps tres and its range intersects with that of t;q,t;p. The ty is less
than t;m, but much greater than t; 4, and its range intersects with
that of t;j, trtp, trts trp. Besides, the tm is much less than ty, tp, trm,
trtps brs, but close to 4. Thus, the reactions of chain initiation, chain
propagation, chain transfer to polymer and chain transfer to solvent
are significantly affected by the macro-mixing behavior in the LDPE
autoclave reactor, while the reaction of initiator decomposition is
affected not only by the macro-mixing behavior, but also by the

Table 10
The characteristic time of elementary reactions in the LDPE autoclave reactor.

Elementary reactions Characteristic time t./s

min max
Initiator decomposition 927 x 103 1.62
Chain initiation 7.45 x 10! -
Chain propagation 2.67 x 107! -
Chain transfer to monomer 2,67 x 10? -
Chain transfer to polymer 2.86 x 10" —
Chain transfer to solvent 415 x 10' —
Chain terminated by disproportionation 218 x 1074 -
Chain terminated by combination 2.18 x 1074 —

As it is, the inconsistencies related to effects of macro-mixing
and micro-mixing behaviors in the previous works are mainly
induced by the fact that different authors focus on different
elementary reactions, and the characteristic time of these reactions
differ significantly in the order of magnitudes. Besides, according to
Fig. 15, the micro-mixing state in the reactor may not affect the
weight-averaged molecular weight of LDPE products, and those
opposite results in literature may need more evaluation. Perhaps
the reactor model, experimental set-ups or conditions investigated
in these literatures deviate significantly from industrial reality.

5. Conclusions

This work investigated the macro-mixing and micro-mixing
behaviors in an LDPE autoclave reactor by cold-flow experiments
and well-verified simulations. Furthermore, the effects of macro-
mixing and micro-mixing behaviors on the high-pressure
ethylene polymerization were analyzed by comparing the charac-
teristic times of macro-mixing, micro-mixing and elementary re-
actions. The main conclusions are shown as follows.

(1) Based on the delay time tq and macro-mixing time ty
calculated from the tracer concentration response curve
c(t) ~ t, it was observed that the macro-mixing behavior in
the reactor was significantly affected by the tracer-injection
position and Re. The macro-mixing states of feeds inletO,
inlet1 are almost identical, while those of feeds inlet1, inlet2
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and inlet3 are quite different. Along with the increase of Re,
the ty; of feeds inletO, inlet1 at the positions above the middle
bearing increases, while that at the positions below the
middle bearing decreases. The ty; of feeds inlet2, inlet3 at
both the positions above and below the middle bearing in-
creases as Re increases. Besides, for each feed, the tq at the
positions farther away from the feeding point is greater, and
the tgq decreases as Re increases. Within the range of indus-
trial operating conditions, the tq ranges from 0 to 17 s, and
the ty ranges from 22 to 107 s.

(2) Based on the segregation index Xs and micro-mixing time ty,,
the micro-mixing state at different axial positions in the
reactor are similar, but significantly affected by the fluid
transport properties (u, p) and agitator rotation speed N.
Using Re to characterize the comprehensive effects of u, p and
N on the X, f, in the reactor, they both decreased with the
increase of Re, and the corresponding fitting model were
further established. Within the range of industrial operating
conditions, the fy ranges from 3.50 x 10> to 8.04 x 10> s.

(3) Within the range of industrial operating conditions, the
characteristic times of various elementary reactions were
calculated and compared with that of macro-mixing and
micro-mixing (tq, tm, tm). The comparison revealed that the
reactions of chain initiation, chain propagation and chain
transfer to polymer are significantly affected by the macro-
mixing behavior, while the reaction of initiator decomposi-
tion is affected not only by the macro-mixing behavior, but
also by the micro-mixing behavior. Thus, the molecular
structure of LDPE products is dominated by the macro-
mixing, and the consumption of initiators is affected by
both the macro-mixing and micro-mixing.
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